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H I G H L I G H T S
• Carbon membranes have been in-
vestigated experimentally for biogas
upgrading.
• The performance of carbon mem-
branes exceeds the Robeson limit of
polymeric membranes.
• The economics of biogas upgrading
with carbon membranes have been
evaluated.
• Carbon membranes can be installed in
existing reforming plants for H2 pro-
duction.
• 95% of carbon emissions can be
avoided by using biogas for H2 pro-
duction.
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A B S T R A C T
The use of biogas as feedstock for hydrogen production was widely proposed in the literature in the last years as
a strategy to reduce anthropogenic carbon emissions. However, its lower heating value compared to natural gas
hampers the revamping of existing reforming plants. The use of composite carbon molecular sieve membranes
for biogas upgrading (CO2 removal from biogas) was investigated experimentally in this work. In particular,
ideal perm-selectivities and permeabilities above the Robeson plot for CO2/CH4 mixtures have been obtained.
These membranes show better performances compared to polymeric membranes, which are nowadays com-
mercialized for CO2 separation in natural gas streams. Compared to polymeric membranes, carbon membranes
do not show deactivation by plasticization when exposed to CO2, and thus can find industrial application. This
work was extended with a techno-economic analysis where carbon membranes are installed in a steam methane
reforming plant. Results have been first validated with data from literature and show that the use of biogas
increases the costs of hydrogen production to a value of 0.25 €/Nm3 compared to the benchmark technology
(0.21 €/Nm3). On the other hand, the use of biogas leads to a decrease in carbon emissions up to 95%, thus the
use of biogas for hydrogen production is foreseen as a very interesting alternative to conventional technologies
in view of the reduction in the carbon footprint in the novel technologies that are to be installed in the near
future.
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1. Introduction
Since the industrial revolution, the CO2 concentration in the at-
mosphere has experienced a continuous increase associated to the ex-
tensive use of fossil fuel resources for power generation, and many of
the observed changes in the climate are consequence of these green-
house gases emissions. The agreement signed in Paris (December 2015)
against climate changes proposes the reduction in CO2 emissions to the
atmosphere in order to restrict the increase in atmospheric temperature
to below 2 °C by 2100. The most realistic scenario requires a reduction
of around 40–70% of anthropogenic emissions by 2050 and near-zero
emissions by 2100 [1].
Nowadays, different strategies have been proposed for reducing
these emissions as summarized by the Intergovernmental Panel on
Climate Change (IPPC) [2] in collaboration with the International En-
ergy Agency (IEA) [3]. In the long-term, the preferred one consists in
the complete substitution of current technologies powered by fossil
fuels with the use of renewable sources. Among the different renewable
sources, biogas has the potential to take over the role of natural gas as
fuel source. Biogas can be obtained by anaerobic digestion of organic
wastes and is a gas mixture containing mainly methane (50–70 %vol.),
carbon dioxide (30–40 %vol.), and small quantities of other gases such
as H2, H2S or N2 [4,5]. The biogas, once cleaned, can be used directly in
gas engines and gas turbines to produce electricity, and the net carbon
emissions can be assumed zero since the CO2 was previously adsorbed
by the natural waste (viz. agricultural plants, fruit, etc.) [6]. However,
the overall conversion efficiency of this biofuel into electricity is about
10–16%. This efficiency is rather low as compared to the efficiency
achieved with natural gas for electricity generation, which is normally
in the range of 39% for large gas turbines and up to 58% in Combined
Cycle Gas Turbine processes (CCGT) [7,8]. This is associated to the
much lower energy content in the biogas, which could be around
20–60% of the lower heating value of a natural gas feedstock depending
on the concentration of CH4.
Biogas could also be used for H2 production, largely consumed in
the ammonia and methanol production processes, and foreseen as a
perfect energy carrier because of its high energy density and the fact
that in its combustion the only product is steam. H2 can be produced
from biogas through dry reforming, which is a highly endothermic re-
action that produces a syngas with a molar ration H2/CO of 1 [9,10].
This process is normally followed by water gas shift reaction to max-
imize the H2 yield. However, it is not commonly used at industrial level
due to the high coke formation and the low H2/CO ratio produced [11].
Instead, nowadays there is an increased interest in the production of
bio-methane by upgrading the biogas by removing the CO2, H2S and
water vapor [6,12,13]. The use of bio-methane is preferred over the
biogas since the energy density of the fuel source is increased and it can
be used directly in all existing and installed plants and can also be sent
into the natural gas grid. Biogas upgrading can be carried out by means
of different techniques depending on the bio-methane quality required
and the biogas composition. Several technologies are nowadays com-
mercially available for full scale upgrading of biogas. In particular,
Pressure Swing Adsorption (PSA), Absorption (scrubbing) and Mem-
branes.
In PSA, CO2 is separated at elevated pressures by its adsorption on
activated carbon or zeolites. In this technology it is important to clean
the biogas before feeding it into the PSA unit since H2S would be ad-
sorbed irreversibly on the adsorbent material and water can damage its
surface [14]. Nowadays, there are commercially available PSA units
that release a fuel source with a minimum concentration of CH4 of 96%.
However, the costs of this technology strongly depends on the elec-
tricity prices, since it requires continuous compression and expansion
[5].
Scrubbing is another typical technology implemented at industrial
scale. The absorption technology is based on three different approaches:
water scrubbing, organic scrubbing and chemical scrubbing. Only in the
case of chemical scrubbing there is need of pre-cleaning of the biogas,
although it operates at lower pressures with a corresponding decrease
in electrical consumption. The methane purity that can be achieved
with these technologies is rather high (> 96%) and it is installed for
large-scale upgrading capacities. In the case of chemical scrubbing
(normally with amines) the purity of the bio-methane can be>99%,
although it demands available heat in the plant.
Membranes are only installed at industrial scale in low capacity
plants. This technology is also very attractive for large scale upgrading
plants since the separation mechanism is the simplest. These
Nomenclature
Acronyms and abbreviations
BEC Bare Erected Cost
C&OC Contingencies and owner's costs
CCF Capital charge factor
CCGT Combined Cycle Gas Turbine
CCS Carbon Capture and Storage
CMSM Carbon Molecular Sieve Membranes
COH Cost of Hydrogen
EPC Engineering procurement and construction
IC Indirect Costs
IEA International Energy Agency
IPPC Intergovernmental Panel on Climate Change
MMM Mixed Matrix Membranes
MOFs Metal Organic Framework
NETL National Energy Technology Laboratory
O&M Operation and maintenance
PSA Pressure Swing Adsorption
S/C Steam to Carbon ratio
TDPC Total Direct Plant Costs
TIC Total Installation Costs
TOC Total overnight Costs
WGS Water Gas Shift
Symbols and units
C0 Reference cost (M€)
Ea Activation energy (kJ/mol)
ECO2 CO2 emissions (kg/s)
ECO2,eq Equivalent CO2 emissions (kg/s)
hliqsar@6barEnthalpy of liquid at saturation point at 6 bar (MJ/kg)
hsteam@6barEnthalpy of steam at 6 bar (MJ/kg)
Ji Permeance (mol/s/m2/Pa)
LHVNG Lower heating value of natural gas (kJ/kg)
ṁi Mas flow of component i (kg/s)
ṁi,eq Equivalent mass flow of component i (kg/s)
P0 Permeability (mol/s/m/Pa)
Qth Thermal heat (MW)
R Ideal gas constant (J/K/mol)
S0 Reference capacity
t membrane thickness (m)
T Temperature (K)
Wel electric power (MW)
Δpi Pressure difference of component i (Pa)
ηel,ref yield for power production
ηH2 H2 production efficiency
ηH2,eq Equivalent H2 production efficiency
ηth,ref yield for thermal power production
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membranes are typically polymer hollow fibers permeable to carbon
dioxide, water and ammonia, and in a minor extent to methane and
nitrogen. However, polymeric membranes have reached an upper
bound limit (summarized by Robeson [15]), with a compromise be-
tween CO2 fluxes and CO2/CH4 separation (perm-selectivity) [16].
Furthermore, in presence of high CO2 concentrations they suffer from
plasticization and swelling, and their lifetime is thus reduced. This fact
has limited their use at industrial scale. Moreover, in order to achieve
the desired bio-methane purities (and minimize the losses), several
membrane stages are required. In a single step the removal of CO2 leads
to CH4 concentrations below 92%, and inter-stage compressors are
needed in order to increase the feed pressure with a concomitant in-
crease in capital and operational expenses.
Since membrane technology can largely reduce the upgrading costs,
research is lately focused on the development of new membrane ma-
terials with increased performances like metal organic frameworks
(MOFs), mixed matrix membranes (MMM) or composite carbon mole-
cular sieve membranes (CMSM). These membranes, especially CMSM,
can largely surpass the upper bound of polymeric membranes and are
not affected by plasticization. In fact, the hydrocarbons contributing to
this effect have been removed during the carbonization step and con-
verted in a rigid carbon structure not affected by plasticization.
However, the experience with these membranes is limited and still
more research on the preparation methods and precursor materials are
required, and economics evaluations are missing.
In this work a composite alumina-CMSM (Al-CMSM) is investigated
for the selective separation of CO2 from typical biogas compositions at
different operating temperatures and pressures, and at different mem-
brane activation temperatures. In view of the reduction in carbon
emissions, in this work also the CO2 separation from N2 was in-
vestigated using typical gas compositions coming out of flue gases from
industrial furnaces like in steam methane reforming or cracking units.
The carbon membrane is supported on an alumina tube, which provides
a much higher mechanical stability compared to hollow fibers modules,
although at the expenses of a reduced surface area. These membranes
have been prepared by the carbonization of a novolac polymeric pre-
cursor under an inert atmosphere, and their properties (pore size dis-
tribution or thermal resistance) can be fine-tuned by adjusting the
carbonization temperature, inert gas atmosphere and pre- or post-
treatments.
This work has also been extended with a detailed techno-economic
analysis for H2 production using Aspen Plus. In particular, this analysis
compares the thermodynamics and the costs of H2 production using the
conventional technology powered with natural gas or with upgraded
biogas. This is important in view of the expected revamping of existing
plants in the coming future when biofuels take over the fuel processing
market.
In the coming section first the membrane preparation, experimental
setup and experimental conditions investigated are described.
Subsequently, the methodology and the plant layouts of the different
configurations investigated for the techno-economic analysis are given.
Finally, the experimental results are presented and are afterwards used
for the design of biogas upgrading systems to be implemented in con-
ventional H2 production plants, and their impact on the economics is
described.
2. Experimental methods
2.1. Membrane preparation
A detailed description of the preparation method of the novolac
phenolic resin precursor material and the membrane itself can be found
in a previous work reported in the literature [17]. In general, the
membrane preparation method consists of three consecutive steps: 1)
dip coating of the porous support, 2) drying and 3) carbonization in
inert atmosphere.
Before the impregnation of the carbon-based precursor, the porous
alumina tube (α-Al2O3 with 200 nm pore size) is fixed to dense alumina
tubes using glass sealants, resulting in a dead-end configuration. This
means that one of the sides is properly closed, while the other one re-
mains open. The resulting porous tube is 150 mm in length, and 10/7
mm outer/inner diameter. The alumina tube is immersed for 10 s in N-
Methyl-2-pyrrolidone solution containing 13% of novolac solution,
0.8% of nanoparticles of bohemite (Kawaken Fine Chemicals Co., Ltd.),
2.4% of formaldehyde and 0.6% of ethylene-diamine (all in %wt.).
Afterward, the coated tube is dried overnight at 100 °C under con-
tinuous rotation inside an oven. Finally, the membrane is carbonized in
N2 atmosphere (200 ml/min) at 500 °C for 2 h using a heating rate of
1 °C/min. An image of the resulting composite carbon membrane is
depicted in Fig. 1.
2.2. Experimental
The open side of the dense tube was connected to 6 mm stainless
steel tube using graphite ferrules and standard Swagelok components.
The Al-CMSM membrane was assemble into a stainless-steel reactor
located inside an electrical oven. The feed gases were controlled by
mass flow controllers (Bronkhorst B.V.) and downstream the reactor, a
back-pressure controller regulates the system pressure. The permeate
side of the membrane was connected to a diaphragm vacuum pump
(VWR PM20404-820.3) to maximize the difference in partial pressure
at both sides of the membrane. The outlet of the vacuum pump is at
atmospheric conditions and it was sent either to a µ-GC (Varian CP-
4900) to measure the permeate compositions, or to a film-flow meter
(Horiba Stec VP3) to determine the permeation fluxes through the
membrane. A detailed process flow diagram of the experimental setup
used in this work is represented in Fig. 2.
The Al-CMS membranes show hydrophilic behavior, and when ex-
posed to ambient conditions tend to adsorb humidity, partly blocking
the pores [17]. Therefore, an important task of the experimental
screening was to activate the membrane by removing the water ad-
sorbed in the pores. In this process, water removal leads to a mod-
ification in the permeation properties of the membranes and thus, its
investigation is also of interest. This was done by increasing the tem-
perature in an inert gas (helium) at pressurized conditions (4 bar (a))
and, in this work, the activation temperature was varied from 100 to
200 °C. For the two different gas mixtures investigated in this work,
CO2/N2 and CO2/CH4, different compositions, pressures and permea-
tion temperatures were selected. An overview of the experiments car-
ried out in this work is presented in Table 1.
3. Techno-economics
3.1. Description of the process schemes
The process schemes and the methodology used for the techno-
economics were adopted from the work of Spallina et al. [18], who
compared the costs of H2 production with novel technologies based on
membrane reactors, with the established benchmark steam methane
reforming process, with and without carbon capture. In this work, first
a conventional H2 production scheme (Case 1) was designed and
Fig. 1. Image of the resulting composite carbon molecular sieve membrane.
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validated with results from the literature [18] and, subsequently, three
more configurations are investigated.
The first modified process scheme uses the results obtained for CO2/
N2 separation mixtures. In this case, natural gas is used as feedstock
material, and the CO2 is captured using CMSC membrane modules in-
stalled in the flue gas stream at the outlet of the convective section of
the burner of the reforming reactor (Case 2). Another alternatives and
also in view of the revamping of currently installed H2 production
plants, use biogas as feedstock for H2 production. In a first case, biogas
is directly fed into the system and all the CO2 produced is released to
the atmosphere since it does not come from anthropogenic sources (case
3). The last case investigated in this work uses the experimental data
obtained with CMSC membranes and consists in upstream biogas up-
grading in order to increase the energy density of the fuel used for H2
production (case 4). In this case, the CO2 permeated through the
membranes is emitted to the atmosphere. The general process scheme
and the different alternatives investigated in this work are presented in
Fig. 3.
In this scheme, natural gas from the grid or (updated) biogas is fed
into the process and is mixed with steam to achieve the correct steam to
carbon (S/C) ratio to avoid carbon formation. Before that, the sulfur
contained in the natural gas is removed over a ZnO bed in the desul-
phurization stage. When biogas is used as feedstock, it is assumed to be
clean. The gas mixture is then fed into a pre-reformer reactor operated
at 490 °C. The pre-reformed gas mixture is subsequently fed into a top
fired tubular reformer operated at 890 °C and 32.7 bar where the syngas
is produced through reaction (1). The reformer reactor consists of
multiple small and long tubes filled with a Ni-based catalysts. The
syngas is sent to a high-temperature WGS reactor passing first through
syngas coolers where high pressure steam is produced. The WGS reactor
operates at temperatures between 330 and 430 °C and is filled with Fe-
Cr catalysts, and the man reaction occurring is given in reaction (2). In
this case a single WGS unit is selected, omitting the common low
temperature WGS, since the unconverted CO is downstream sent to the
burner, which overall allows a better heat integration. The H2-rich
outlet gas of the WGS unit is cooled down in order to condense all the
steam and is subsequently sent to a PSA unit with a recovery efficiency
of 89% for a H2 purity of 99.999%. The PSA off gas is mixed with make-
up fuel and is combusted inside the reformer module to provide the
heat required by the highly endothermic reforming reaction. The
burner temperature is normally above 1000 °C and is first used for
steam production and subsequently for heat integration by heating up
the feed gases. The gas stack is a gas mixture containing mainly N2,
CO2, steam and excess O2 and is normally emitted at 150 °C.
+ ↔ +Steam Methane Reforming CH H O CO H34 2 2 (R1)
+ ↔ +Water GasShift CO H O CO H2 2 2 (R1)
Only when natural gas is used as fuel source, the CO2 emitted to the
atmosphere contributes to the climate change. Therefore, a post-com-
bustion membrane unit was installed in one of the selected strategies
(case 2). In this case, the gas stack is first cooled down to condense all
the steam and it is subsequently compressed to 30 bar. The gas mixture
passes through a first stage membrane module where CO2 is recovered
until a pressure gradient between the feed side and the permeate side is
0.5 bar. Since the purity of the CO2-rich permeate gas does not achieve
the requirements for carbon capture [2], a second membrane stage is
used. This means that an inter-stage compressor is required, and it
pressurizes the gas again to 30 bar. In both membrane modules, the
retentate gas is emitted to the atmosphere, and the small amount of CO2
Fig. 2. Process flow diagram of the experimental setup used in this work.
Table 1
List of experiments carried out in this work.
Parameters CO2/CH4 mixture CO2/N2 mixture
Activation temperatures [°C] 100, 150 and 200 100-150-200
Permeation temperature [°C] 30, 40, 60, and 80 30, 40, 60, and 80
Operating pressure [bar(a)] 3–7 3–7
Gas composition (CO2/X) [%vol.] 80/20; 60/40; 45/55;
30/70; 10/90
10/90; 20/80;
30/70
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contained on it represents the net CO2 emissions of this technology.
Similarly as in post-combustion, the biogas is upgraded in one of the
selected process schemes (case 4). The upgrading is carried out by
means of a two-stage membrane module with an inter-stage compressor
to avoid methane losses. In this case, the upgraded biogas remains at
high pressures, while the CO2 separated is emitted to the atmosphere. If
this CO2 is to be conditioned for capture, this process will lead to an
overall negative carbon emissions which is also foreseen as potential
strategies to reduce the CO2 concentration in Earth, although this
possibility has not been investigated in this work. In this strategy, the
biogas is first compressed to 35 bar, and the permeate gas, a gas mixture
rich in CO2 is again compressed to 35 bar to minimize the methane
losses. The retentate from both membrane modules, which are streams
rich in CH4, are mixed and sent directly into the process, resulting in a
gas stream with a methane purity of 89%, and methane losses below
0.1%.
3.2. Methodology and assumptions
The methodology used in this work is also similar to the one
adopted by Spallina et al. [18], who also investigated the cost of hy-
drogen in a conventional H2 production plant. The main assumptions of
the turbomachinery and operating conditions used in this work for the
different plant configurations are provided in Table 2. Also, since the
CMSC membranes are used in this work as a technology to reduce the
carbon footprint, different parameters involving reforming efficiencies,
fuel consumptions and CO2 emissions are evaluated. In particular, in
Eqs. 1–7 the different parameters for a thermodynamic analysis are
provided.
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∙
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Fig. 3. Process scheme of the different strategies selected. Case 1 uses natural gas as feedstock and CO2 is not captured; Case 2 uses natural gas as feedstock and the
CO2 is captured using CMSC membranes; Case 3 uses biogas as feedstock; Case 4 uses bio-methane produced from the upgrading of biogas using CMSC membranes.
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3.3. Economic analysis
The approach adopted for the economic analysis is based on the
methodology used by the National Energy Technology Laboratory
(NETL) [19]. The cost assessment is done by the comparison of the cost
of hydrogen (COH), defined by the CCS institute [20] as presented in
Eq. (8).
=
∙ + + ∙
∙ ∙ ∙
COH
TOC CCF C C h
N h
( ) ( )
̇ 22414 3600
O M fix O M var eq
H eq
& , & ,
2 (8)
In this case the total overnight costs (TOC) are function of the total
capital expenses, and are calculated as in Table 3. The TOC is used to
calculate the COH by using the capital charge rate factor (CCF), which
is characteristic unit cost of the plant over the life time and a value of
0.153 applies as suggested in the literature. For the cost of each com-
ponent, data was taken from the literature, and an overview of these
costs is depicted in Table 4.
In Eq. (8) the operating and maintenance costs (O&M) are also in-
cluded, which are divided in two different parts. On the one hand, the
fixed costs, which account for the insurances and replacements. On the
other hand, the variable costs include the costs of fuel, electricity,
water, etc. A summary of the main assumptions selected for the cal-
culation of the O&M costs is presented in Table 5. Finally, the heq refers
to the equivalent working hours of the plant, and in this case it is as-
sumed an availability of 90%.
These data are used to scale the costs to the actual capacity with the
formula
⎜ ⎟= ∙⎛
⎝
⎞
⎠
C C S
Si
i
n
0
0
4. Results
4.1. Experimental results
Single gas permeation measurements have been carried out in order
to determine the ideal perm-selectivity of the Al-CMS membrane for the
separation of CO2 from N2 and CH4. These measurements have been
carried out after membrane activation at different temperatures, par-
ticularly at 100 and 150 °C, and the gas permeation was measured at
different temperatures ranging from 30 to 80 °C. As it can be seen in
Fig. 4, for an activation temperature of 150 °C, the permeance of the
gases follows a trend based on the kinetic diameter, except for helium,
which shows lower permeances compared to H2. This behavior was
previously reported in the literature and is associated to a larger ad-
sorption affinity of H2 in carbon membranes compared to He, and also
to the smaller cross-section diameter of H2, which shows less resistance
to gas transport through the pores by molecular sieving mechanisms
[26]. A similar effect is also observed with CO2, which is adsorbed by
the porous of the carbon membrane. Therefore, the gas permeation
measured is a combination of molecular sieving and adsorption diffu-
sion mechanisms.
From single gas permeation results at various operating tempera-
tures and activation temperatures, the activation energies (Ea) have
been calculated using the Arrhenius plot of the permeance (J) with the
inverse of the temperature (T) (Eq. (9)), being R the ideal gas constant.
= ∙ ⎛
⎝
− ⎞
⎠
∙ ⇒ = ⎛
⎝
⎞
⎠
+J P
t
Ea
RT
P LnJ Ea
R T
cexp Δ 1i i0 (9)
The apparent activation energy Ea is a contribution of molecular
sieve and adsorption diffusion mechanisms. Gases with high kinetic
diameters will show higher resistances to pass through the pores when
decreasing the temperature, and this effect is more remarkable for gases
with a diameter in the same range of the mean pore size diameter of the
CMSC membrane. In addition, the adsorption of gases by the bigger
micropores decreases with the temperature. A summary of these results
is presented in Table 6, and some conclusions can be discussed.
First, it is verified that by activating the membrane at higher tem-
peratures, the activation energy is decreased. This is observed for every
gas and it is explained by the fact that the pores of the membrane be-
come larger as consequence of the higher removal of adsorbed water in
the pores, thus facilitating the permeation of gases. Also, it is concluded
that the activation energy increases as function of the kinetic diameter
as consequence of the molecular sieving mechanism. Furthermore, for
Table 2
List of working conditions and assumptions for the thermodynamic analysis.
Case number 1 2 3 4
Fuel gas Natural gas Natural gas Biogas Biogas
Upgrading – – – CMSC
membrane
CO2 capture – CMSC membrane – –
Fuel composition 89% CH4; 7% C2H6; 1% C3H8;
0.11% C4H10; 2% CO2; 0.89% N2
67% CH4; 30% CO2; 3% N2
Operating conditions for all the cases
Steam to carbon: 2.7
Furnace temperature: 1010 °C
Pressure drops in the reactors: 1% (inlet pressure)
Pre-reforming: 550 °C
Reforming reactor temperature: 890 °C
Reforming reactor pressure: 32.7 bar
Water gas shift reactor inlet temperature: 340 °C
PSA H2 separation purity: 89%
PSA H2 separation pressure: 29.7 bar
Compressors H2 delivery
Heat exchangers
ΔTmin gas–gas: 20 °C
ΔTmin gas–liquid: 10 °C
Pressure drops: 2% (inlet pressure)
U gas–gas: 35 W m−2 K−1
U gas–water: 50 W m−2 K−1
Number of stages: 3
H2 delivery conditions: 30 °C and 150 bar
Compressors CMSC membranes modules and compressor for CO2 storage
Number of stages CO2/N2 compressors: 2
Discharge pressure and temperature: 30 bar and 40 °C
Number of stages CO2 compressor
Delivery conditions CO2: 110 bar and 30 °C
Number of stages biogas upgrading compressors: 2
Discharge pressure and temperature: 35 bar and 40 °C
Steam cycle
Inlet steam conditions: 485 °C and 92 bar
Isentropic efficiency first stage steam turbine: 75%
Discharge pressure first stage: 34 bar
Isentropic efficiency second stage steam turbine: 75%
Steam export con
ditions: 6 bar
Table 3
TOC calculation methodology [19].
Plant component Cost (M€)
Component W A
Component W B
Component W C
Component W D
Bare Erected Cost (BEC) A + B + C + D
Direct costs as percentage of BEC instrumentation, civil work, etc.
Total installation costs [TIC] 80% BEC
Total Direct Plant Costs [TDPC] BEC + TIC
Indirect costs [IC] 14% TDPC
Engineering procurement and construction [EPC] TDCP + IC
Contingencies and owner’s costs (C&OC)
Contingency 15% EPC
Owner’s cost 10% EPC
Total contingencies and owner’s costs [C&OC] 15% EPC
Total Overnight Costs [TOC] EPC + C&OC
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those gases with high adsorption affinity, like CO2, the activation en-
ergy measured is higher than the one expected just based on the kinetic
diameter as a consequence of the combined adsorption-diffusion effect
of these carbon-based gases. The values of activation energy found in-
dicate that in case the membrane is activated at 100 °C, the mean pore
size of the membrane is in the range of 0.36–0.39 nm since the acti-
vation energy experiences an important increase in that range. On the
other hand, when activating the membrane at 150 °C, the mean pore
size is shifted towards bigger pores, and the mean pore size is larger
than 0.39.
Afterward, gas permeation was evaluated for biogas and burner off-
gas synthetic mixtures. The adsorption of CO2 in the pores of the
membrane will lead to the blockage of these pores, thus limiting other
gases to pass through the membrane. This is expected since CO2 shows
the highest adsorption affinity compared to N2 and CH4, and overall it
has the capacity to fine tune the CO2 selectivity. The results are pre-
sented for different gas compositions, activation temperatures and
permeation temperatures, and these results have been incorporated in a
revised Robeson plot with the upper bound of polymeric membranes.
Fig. 5 (left) presents the results of CO2 permeation and the purity in
the permeate side for post-combustion gas mixtures (CO2/N2). The re-
sults are presented as a function of the gas feed composition and for
several permeation temperatures after activation at different tempera-
tures. Compared to permeation measurements for single gases (Fig. 4),
the permeability of CO2 remains constant for measurements carried out
at the same operating temperatures and activation temperatures. For
example, the CO2 permeance measured at 40 °C after an activation
temperature of 150 °C is 3.48 × 10−8 mol/s/m2/Pa and, in the case of
a gas mixture containing 10% CO2 (vol.), the CO2 permeance is
3.55 × 10−8 mol/s/m2/Pa. Similar results are measured for other
operating conditions. On the other hand, based on ideal perm-se-
lectivity measurements, the CO2 purity expected in the permeate at that
operating conditions should be around 40%. However from gas mixture
measurements the measured CO2 purity from gas chromatography
analysis is 75%. This indicates that CO2 is indeed limiting the per-
meation of N2 through the membrane as a consequence of CO2 ad-
sorption in the pores.
It is also observed that the CO2 concentration in the feed has a major
effect on the separation through the membrane. In particular, when the
feed is more diluted in N2 lower CO2 purities are obtained from the
membrane, and thus another membrane stage would be required to
obtain CO2 concentrations suitable for capture. On the other hand, the
activation temperature, compared to the operating temperature, seems
to have a minor impact on the separation properties. This is explained
by the fact that CO2 is highly adsorbed on the carbon surface at the
operating temperatures used experimentally. At the steady state, the
water that was removed will be replaced by CO2 and will create an
effect of pore blocking. This effect depends on the operating
Table 4
List of assumptions for the costs of each component for reference capacities*.
Equipment Scaling Parameter Ref. Capacity, S0 Ref. cost, Co (M€) Scale factor, f Cost year Ref.
Desulphurizer Thermal plant input [MWLHV] 413.8 0.66 0.67 2011 [21]
WGS Reactors 1246.06 9.54 0.67 2007 [22]
Reformer 1246.06 42.51 0.75 2007 [22]
Pre-reformer 1800 17.50 0.75 2005 [23]
PSA Unit Inlet flow rate [kmol/h] 17,069 27.96 0.6 2007 [22]
H2 Compressor Power [HP] 1 0.0012 0.82 1987 [24]
Blower Power [MWel] 1 0.23 0.67 2006 [23]
Steam Turbine ST gross power [MWel] 200 33.70 0.67 2007 [21]
Cooling systems Heat rejected [MW] 13.19 17.18 0.67 2007 [22]
CMSC membranes Area [m2] 1 1000 0.67 2016 [25]
Biogas compressor Power [MWel] 13 9.9 0.67 2009 [21]
CO2 compressor Power [MWel] 13 9.9 0.67 2009 [21]
Heat exchangers Area [m2] 1 2000 0.67 2016 [18]
Economizers Heat duty [kW] 1 86 0.67 2016 [18]
Table 5
Assumptions for the calculations of the O&M costs [18].
O&M fixed
Labor costs M€ 1.5
Maintenance costs %TOC 2.5
Insurance %TOC 2.0
O&M variable
Catalyst and sorbent replacement $/kg 15
Reforming catalyst cost k€/m3 50
Water gas shift catalyst cost k€/m3 14
Desulphurization catalyst cost $/ft3 355
Lifetime years 5
Consumables
Cooling water make-up cost €/m3 0.35
Water cost €/m3 2
Natural gas cost €/GJLHV 9.15
Biogas cost €/GJLHV 9.15(1)
Steam cost €/ton 0.13
Electricity cost €/MWh 76.36
(1) Considering in the costs the biogas cleaning up.
Fig. 4. Permeance of different gases as function of the kinetic diameter for the
CMSC membrane activated at 150 °C.
Table 6
Activation energies measured for different gases at different activation tem-
peratures.
Activation
temperature [°C]
Activation Energy [kJ/mol] (kinetic diameter [nm])
He (0.26) H2 (0.29) CO2 (0.33) N2 (0.36) CH4 (0.39)
100 2.89 5.59 24.7 28.7 46.6
150 2.85 0.97 17.2 8.4 12.7
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temperature and, in the case of CO2, the higher the temperature the
lower the extent of adsorption [27]. Therefore, the two compositions
investigated follow a linear decreasing trend with a compromise be-
tween purity and permeation. The values giving the lowest purities of
CO2 and highest permeations have been obtained at high temperatures
(80 °C), while the values of high purities and low permeations are ob-
tained at low temperatures (30 °C). For all these measurements, the
feed pressure was 7.5 bar(a), while the permeate was kept at vacuum
conditions.
On the other hand, in Fig. 5 (right) the Robeson plot of this gas
mixture system is given with data of polymeric membranes from lit-
erature and the results obtained experimentally for the CMSM mem-
brane investigated in this work. From the results, it is observed that the
CMSM is located at the upper bound of the polymeric membranes, with
the main advantage that stability is not compromised.
Similar experiments have also been carried out for biogas upgrading
mixtures. Fig. 6 (left) shows the gas permeation and the CO2 purity for
two gas mixtures containing 45 and 30% of CO2 in CH4. The results
presented are from experiments carried out at different permeation
temperatures (up to 80 °C) and membrane activation temperatures (up
to 200 °C).
The general conclusions that can be obtained for this gas mixture
are similar to the ones given for CO2/N2 mixtures. In this case, both
gases are adsorbed on the carbon surface, and thus there is a compe-
tition between them. This has implied, in average, a decrease of about
40% in CO2 permeability through the membrane as compared with
single gas permeation tests. On the other hand, the selectivity measured
for this gas mixture has experienced a slight increase (6% in average)
for all the operating conditions investigated compared to ideal perm-
selectivity values obtained from single gas experiments. This also
indicates that CO2 has a stronger adsorption on the carbon surface
compared to CH4 at the same temperature, as also previously indicated
in the literature [27].
In this gas mixture, the operating temperature has a major effect on
the membrane performance. Similar as in CO2/N2 mixtures, a de-
creasing trend in selectivity-permeability is observed when increasing
the operating temperature. In particular, higher selectivities are ob-
tained when working at low temperatures, which was also expected
from ideal perm selectivity measurements. In this case, CO2 permeation
presents higher surface diffusion mechanisms over CH4 at low tem-
peratures, and thus these higher selectivities can be expected. This leads
to results that are located at the upper Robeson bound (Fig. 6 right)
and, for some specific operating conditions (mostly at low operating
temperatures), the permeation characteristics are located slightly above
this empirical threshold found in polymeric membranes.
In the CO2/N2 post-combustion mixtures, where only CO2 is ad-
sorbed in the pores and the kinetic diameter of both gases is very si-
milar, the CMSC membrane has shown an increase in its performance in
the case of a gas mixture. However, for biogas mixtures, the competi-
tion of the two main components leads to a decrease in the CMSC
membrane performance, even if there is a larger difference in the ki-
netic diameter of the two gases. In order to improve the performance of
the membrane, a modification in the carbonization temperature/at-
mosphere could limit the mean pore size, and more research is required
in this field.
Still the CMSC membrane shows an improved performance com-
pared to the upper bound of polymeric membranes and with the po-
tential to overcome the drawbacks of plasticization in presence of CO2.
The results presented in this section are subsequently used in the
techno-economic analysis for the design of a membrane separation
Fig. 5. Left: Gas permeation results for CO2/N2 mixtures at different operating conditions and right: Robeson plot for CO2/N2 separation.
Fig. 6. Left: Gas permeation results for CO2/CH4 mixtures at different operating conditions and right: Robeson plot for CO2/CH4 separation.
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module for CO2 capture and biogas upgrading, and the implication in
the economics of the process.
4.2. Techno-economic comparison
Firstly the process scheme selected was validated with data pre-
sented by Spallina et al. [18]. The same operating conditions have been
selected and the costs of each equipment have been calculated based on
the assumptions and the methodology described in Section 3. A sum-
mary of the validation is given in Table 7.
The results obtained with the process scheme developed in this work
are in good agreement with previously reported data in the literature.
The small deviations observed in the electricity and economics can be
associated to slightly different operating conditions for the heat in-
tegration in the convective section as well as in the syngas coolers.
These results also lead to a small deviation in the efficiencies and in the
cost of hydrogen to a maximum of 3%. The highest deviation observed
from Table 7 corresponds to the net electric power. In the reference
case, the net power is almost 0, which means that a small net deviation
results in a large relative deviation. This happens because the net
electric power is a sum of electricity consumptions from pumps and
compressors, and productions from the steam turbine. In fact, the
average deviation of each individual component is just 4.5%, mostly
associated to deviations in the H2 compressor and the steam turbine.
These deviations are associated to the slightly lower H2 production and
possible differences in the assumptions of the steam turbine. Once the
main process scheme is validated with data from the literature, the
different modifications integrating membrane modules have been im-
plemented.
In the case of post-combustion carbon capture (case 2), a membrane
module is designed at the exhaust gas from the convective section of the
burner. This stream is at atmospheric pressure and, after the heat re-
covery, first the steam is condensed in order to remove humidity that
can modify the performance of the membrane. The dry stream is sub-
sequently compressed to 30 bar and the gas is sent to a first stage
membrane module at 40 °C. The dry gas has a composition of around
20% CO2 (vol.), and thus its design is carried out based on the ex-
perimental results obtained for the mixed gas experiments presented in
the previous section. In this stage it is assumed a CO2 separation until
the driving force (partial pressure of CO2 at both sides of the membrane
module) is 0.2 bar. The CO2 purity at the permeate of this stage is 89%,
which is in agreement with experimental results of the gas mixtures.
Since the purity is not high enough for carbon capture, a second stage
membrane module is needed. The permeate, which is at atmospheric
pressure, is again compressed to 30 bar for further CO2 purification. In
this membrane module the purity of the CO2 in the permeate is 99.8%,
thus suitable for capture. Overall, it leads to a CO2 recovery of 83.7%.
The fraction of gas that has not permeated through the membrane,
together with the one in the first module, is released to the atmosphere.
The membrane area required in both stages is calculated based on the
amount of gas permeated and the permeance measured experimentally.
In the biogas upgrading case, clean biogas is first compressed to
40 bar and it enters to a first membrane module, where the CO2
permeates and the CH4 concentrates in the feed side. In this first
module, the CO2 permeates until a partial pressure difference between
the feed and permeate sides of 1.5, resulting in a stream with a CO2
purity of 87.7%. In this first module, part of the methane (around 5%)
permeates through the membranes and, in order to decrease the me-
thane loses, a second stage membrane module is required. For this
second stage, the permeate gas is first compressed to 40 bar and it
enters the second membrane module. In this module, since the inlet is
highly concentrated in CO2, the permeate stream has a CO2 purity of
99.8%, which could be conditioned for sequestration. The retentate gas
is subsequently mixed with the retentate of the first module, and this
gas mixture (87.6% in CH4) is then fed in the process.
Subsequently, the four different cases have been compared from a
thermodynamic point of view. For all of them, the operating conditions
selected are similar, resulting in a fair comparison between the different
cases. The results of this comparison are presented in Table 8, and
several conclusions can be obtained:
• The thermal input selected for the four different cases is very si-
milar, leading to similar H2 production efficiencies. In order to
achieve this similar thermal input, the feed flow rate of biogas
should be 2.2 times higher compared to the natural gas feed flow
rate.
• The conventional technology is the only one with a net electricity
production in comparison to the other cases. The fact that the CO2 is
emitted to the atmosphere implies that expensive turbomachinery is
not required, meaning that all the electricity generated by the steam
turbine is able to power the whole plant. When the CO2 is to be
sequestrated, the installation of membrane modules at the exhaust
of the burner leads to increased electricity consumptions. In parti-
cular, the N2/CO2 compressors are very expensive in terms of power
consumption, and overall it leads to the need of electricity import.
• In the case biogas is used as feedstock material (cases 3 and 4), the
main power consumption comes from the biogas compression to the
process pressure. In particular, the first compression stage consumes
already most of the electricity that can be generated by the steam
turbine. In case 4, which includes the upgrading of the biogas, the
power for the compression of the gas fed into the second membrane
module slightly increases the total energy consumption of the pro-
cess.
• Although the thermal input is similar for all the cases, some differ-
ences can be observed concerning the H2 production efficiency. For
the cases 1 and 2, exactly the same efficiency is obtained, since the
only difference comes from the treatment of the exhaust gas stream
in case 2. In case 3, the biogas fed into the reactors has 30% (vol.) of
CO2 in the feed. This leads to a decrease in the thermodynamic
equilibrium, with a concomitant decrease in the reforming effi-
ciency (0.70 compared to 0.72 of cases 1 and 2). On the other hand,
in case 4 part of the CO2 is removed in membrane modules, leading
to an upgraded biogas feed containing less amount of CO2. This
results in reforming efficiencies (0.71) higher than the ones obtained
in case 3, although still lower compared to cases 1 and 2.
Table 7
Detailed validation of the process scheme developed in this work with literature
data [18].
Parameter units Spallina
et al. [18]
This work Deviation [%]
Overall comparison
Feed flow rate [kg/s] 2.62 2.62 0
Steam-to-carbon ratio [ −] 2.7 2.7 0
H2 mass flow rate [kg/s] 0.75 0.73 2.6
Electricity production/consumption
Air compressor/
extraction fan
[MWel] −0.68 −0.67 1.5
H2 compressor [MWel] −2.77 −2.12 6.6
Steam turbine [MWel] 3.27 3.44 −5.4
Pumps [MWel] −0.21 −0.20 4.7
Other auxiliaries [MWel] −0.05 −0.05 0
Net electric power [MWel] 0.07 0.40 −482
Efficiencies and CO2 emissions
H2 production
efficiency
[%] 0.74 0.72 2.7
Eq. NG input [kg/s] 2.41 2.40 0.42
Eq. H2 production
efficiency
[%] 0.81 0.79 2.9
CO2 specific emissions [kgCO2/
Nm3H2]
0.82 0.85 −3.2
Eq. CO2 specific
emissions
[kgCO2/
Nm3H2]
0.76 0.77 −2.0
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• When the net electricity production/consumption and thermal
power are considered, the equivalent reforming efficiencies can be
measured. In particular, in case 1, the equivalent reforming effi-
ciency increases to a value of 0.78 resulting from the net electricity
production and the availability of thermal power (Qth). On the other
hand, the high energy consumptions of case 2 lead to a sharp de-
crease in the equivalent reforming efficiency to a value of 0.62. This
equivalent efficiency is lower than the one obtained by Spallina
et al. [18], where the CO2 was captured after the water gas shift
stage in an absorption unit using MDEA as sorbent (0.67) material.
• In cases 3 and 4, the net electricity consumption is compensated by
the steam that can be exported. This is observed in the decrease in
the equivalent feedstock input, which slightly increases the
equivalent reforming efficiency up to values of 0.73. In this case, it
can also be noticed that the lower power consumptions of case 3
lead to a slightly larger increase in the equivalent reforming effi-
ciency compared to case 4.
Finally, the economics of the different cases have been evaluated,
and the comparison is depicted in Table 9. Similarly, as done for the
thermodynamic comparison, some conclusions can be discussed:
The capital expenses of the case 1 is the lowest one and stands for
the benchmark technology. When CO2 is to be separated from the flue
gas of the burner (case 2), there is the need of compressors and mem-
branes. In this case, the compressor costs are high compared to cases 3
and 4, associated to the high flowrates (mostly N2) in the exhaust.
Furthermore, since the CO2 content in the exhaust line is highly diluted
in N2, its partial pressure in the first membrane module is limited.
Therefore, there is the need of larger surface areas.
When biogas is used as feedstock material, the capital expenses are
increased compared to the benchmark technology. On one hand, there
is the need of compression since the biogas is produced at atmospheric
pressure. On the other hand, since in the biogas some amounts of inert
gases are present, larger units are needed. Overall, it results in in-
creased capital expenses. In the situation of biogas upgrading (case 4),
there is also the need of membrane modules, leading to slightly higher
costs compared to case 3.
The cost of the feedstock material is somehow similar for all the
cases. In particular, the biogas has a lower energy content, meaning
that higher inlet flow rates are needed. However, since the cost depends
on the energy content, the resulting costs for all the cases is similar.
The biggest difference comes from the electricity costs. While in
case 1, there is a negative cost of electricity (it is produced), it re-
presents a real cost for all the other ones. In case 2, the high energy
demand associated to the compressors for the CO2 removal from the
exhaust gas leads to a very high costs (> 10 M€). Regarding the biogas
cases, the one with upgrading (case 4) has a higher cost compared to
case 3 since a second compression stage for the biogas upgrading is
required.
When computing the capital and operation expenses, the cost of
hydrogen with the technologies using biogas as feedstock material is
0.25 €/Nm3, which is around 15% more expensive compared to case 1.
When implementing CO2 capture technologies (case 2), the cost of
hydrogen largely increases to a value of 0.31 €/Nm3, higher compared
with the case where a MDEA adsorption unit is used (0.28 €/Nm3) [18].
Finally, the costs associated to the reduction of carbon emissions to
the atmosphere by the different strategies was evaluated and compared
with the case 1. The results follow a similar trend as for the economics.
The cost in case 2 is much higher compared with the others. There are
two reason behind this high cost. On the one hand, less CO2 is avoided
compared to cases 3 and 4, mostly associated to the need of electricity.
On the other hand, the cost of hydrogen is also higher, and thus, it
comes to a high cost associated to reductions in CO2 emissions.
5. Conclusions
In this work a composite Alumina molecular sieve carbon mem-
brane was prepared by a simple dip coating method and subsequently
tested for the separation of CO2 from N2 and CH4. The activation of the
membrane (heat treatment) removes water adsorbed on the pores of the
membrane increasing the pore size and consequently their permeation
properties. These membranes can find application in post-combustion
CO2 capture, meaning the separation of the CO2 from N2 in the exhaust
gases in burners, and also as for the upgrading of renewable sources like
biogas. These two applications have been experimentally investigated
in this work. From the experimental results, it was observed that these
membranes show a gas separation based on two different mechanisms,
molecular sieving and selective adsorption. Owing to this combined
mechanism, CO2 can be separated from N2 and CH4 selectively, and the
results measured for these two gas mixtures are slightly above the
empirical Robeson limit of polymeric membranes. Since these mem-
branes do not suffer from plasticization in the presence of CO2, they
could find industrial application in the coming years for gas separation.
In view of the potential use of these membranes at industrial scale, a
detailed techno-economic analysis was performed for four different
configurations for H2 production using natural gas and biogas as
feedstocks. First the conventional technology was validated with data
reported in the literature, and it is was observed that installing CMSC
membrane modules at the exhaust of the burner to recover the CO2
emitted by the process is a very expensive route in order to reduce
carbon emissions. In fact, the compression costs (in terms of electricity
Table 8
Thermodynamic comparison of the four different cases investigated in this
work.
CASE 1 2 3 4
CO2 capture technology NO Membranes NO NO
Feed NG NG Biogas Upgraded
biogas
Feed flow rate [kg/s] 2.62 2.62 5.75 5.73
Feed thermal input [MW LHV,
NG]
121.94 121.94 124.76 124.15
LHV feed [MJ/kg] 46.54 46.54 21.68 21.68
S/C ratio 2.70 2.70 2.70 2.70
H2 mass flow rate [kg/s] 0.73 0.73 0.73 0.73
Electricity production/
consumption
Air compressor/Air-exh fan
[MW el]
−0.67 −0.69 −0.74 −0.98
H2 compressor [MW el] −2.12 −2.12 −2.12 −2.12
CO2/biogas compressor [MW
el]
– −17.64 −3.36 −4.38
Steam turbine [MW el] 3.45 3.67 3.42 3.61
Pumps [MW el] −0.20 −0.17 −0.16 −0.16
Other auxiliaries [MW el] −0.05 −0.05 −0.05 −0.05
Net electric power [MW el] 0.41 −17.00 −3.01 −4.09
Steam export (160 °C, 6 bar)
[kg/s]
4.02 4.02 4.02 4.40
H2 production efficiency 0.72 0.72 0.70 0.71
Qth [MW] 8.39 8.39 8.39 9.18
Equivalent NG input [kg/s] 2.40 3.05 5.56 5.58
Eq. H2 production efficiency 0.78 0.62 0.73 0.73
Heat rate [Gcal/kNm3H2] 3.30 3.81 3.48 3.47
m CO2 total emitted [g/s] 6900 2793 10,202 10,259
m CO2 emitted [g/s] from
fossil
6940 1132 0 0
m CO2 emitted [g/s] from
renewable
0 0 9908 9859
m CO2 captured [g/s] 0 5808 0 0
m CO2 from fossil for power
generation [g/s]
−40 1661 294 400
CO2 specific emissions
[kgCO2/kNm3H2]
0.85 0.14 0.00 0.00
Eq. CO2 spec. em. [kgCO2/
kNm3H2]
0.78 0.28 0.04 0.05
SPECCA [Gcal/kgCO2] – 0.72 0.20 0.19
Equivalent CO2 avoided – 64.49% 95.39% 93.74%
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and capital investments) become the bottleneck for this case, and just
65% of the total emissions can be reduced, also with a corresponding
increase of about 40% in the cost of hydrogen.
On the other hand, using biogas as feedstock appears as an inter-
esting strategy for a reduction in carbon emissions and revamping of
existing plants. It was observed that upgrading biogas with carbon
membranes yields higher reforming efficiencies. However, the in-
creased number of equipment (and electric consumptions) leads to
equivalent efficiencies and costs of hydrogen similar as if upgrading of
the biogas is not considered. Overall, both strategies lead to reductions
in carbon emissions to about 95%, with a concomitant increase in the
cost of hydrogen to about 15%.
In order to further promote carbon membranes, it is still important
to better understand their separation mechanism and how the post-
treatment of the membranes and operating conditions can fine-tune the
permeation and selectivity towards the desired requirements. In parti-
cular, it was observed that more selective membranes are still required
in order to remove the need of a second membrane module, which
nowadays also represents a limitation for polymeric membranes.
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